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a b s t r a c t

In this study, a steady state and isothermal 2D-PEM fuel cell model is presented. By simulation of a
single cell along the channel and in through-plane direction, its behaviour under hydrogen starvation
due to nitrogen dilution is analysed. Under these conditions, carbon corrosion and water electrolysis are
observed on the cathode side. This phenomenon, causing severe cell degradation, is known as reverse
vailable online 31 July 2010
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current decay mechanism in literature. Butler–Volmer equations are used to model the electrochemical
reactions. In addition, we account for permeation of gases through the membrane and for the local water
content within the membrane. The results show that the membrane potential locally drops in areas
starved from hydrogen. This leads to potential gradients >1.2 V between electrode and membrane on the
cathode side resulting in significant carbon corrosion and electrolysis reaction rates. The model enables
the analysis of sub-stoichiometric states occurring during anode gas recirculation or load transients.
gglomerate model

. Introduction

Fuel cells are a promising technology for clean and efficient
nergy conversion. For automotive applications, proton-exchange
embrane fuel cells (PEMFC) are the preferred type due to their low

perating temperature (T < 120 ◦C) and dynamic behaviour. One of
he main challenges for developing a commercial PEMFC system,
ompetitive with the combustion engine, is the limited long term
tability.

Under fuel cell operation, hydrogen is oxidised and oxygen is
educed in the anode and cathode catalyst layer, respectively (all
tandard potentials �00 are given in [1]):

H+ + 2 e− � H2 ϕ00 = 0 V (1)

2 + 4 H+ + 4 e− � 2 H2O ϕ00 = 1.23 V (2)

n total, electric energy, water and heat are produced. In addition
o hydrogen oxidation and oxygen reduction, there are undesired

ide reactions causing irreversible cell degradation and therefore
imiting the long-term stability of the system. Carbon corrosion
Eq. (3)), water electrolysis (the back reaction of Eq. (2)) and plat-
num dissolution (Eq. (4)) are the main undesired side reactions in

∗ Corresponding author. Tel.: +49 711 811 7182; fax: +49 711 811 5180111.
E-mail address: janhendrik.ohs@de.bosch.com (J.H. Ohs).
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oi:10.1016/j.jpowsour.2010.06.038
© 2010 Elsevier B.V. All rights reserved.

PEMFCs:

CO2 + 4 H+ + 4 e− � C + 2 H2O ϕ00 = 0.2 V (3)

Pt2+ + 2 e− � Pt ϕ00 = 1.19 V (4)

Typical cathode potentials are in a range of �C = 0.5 V, . . ., 1 V vs.
RHE. Thus, it can be seen from Eq. (3) that carbon is thermodynam-
ically unstable under standard operating conditions. Fortunately,
the reaction is kinetically hindered and corrosion reaction rates are
negligible for a cell voltage Ucell < 1 V and temperature T < 120 ◦ C
[2]. Water electrolysis is not relevant at standard conditions due to
its high equilibrium potential. Platinum dissolution is observed at
standard conditions particularly under dynamic potential cycling
operation mode [7]. According to the Pourbaix-diagram [4], plat-
inum can be dissolved at � < 1 V(pH ≈ 0) if the Pt2+-concentration
in solution is very low.

A cell that is locally starved of hydrogen in the rear part of the
anode (Fig. 1) shows severe carbon corrosion in the experiments [2].
Reiser et al. propose the reverse current decay (RCD) mechanism
which leads to high cathode potentials (�C > 1 V) in the hydrogen
starved part of the cell.

Locally starved conditions occur during startup when a H2 / O2-
front is moving through the cell within milliseconds and during

steady states when the cell is operated sub-stoichiometrically, for
example if a fuel channel is blocked by impurities or liquid water.
In the latter case, oxygen is available in the H2-starved regions
of the anode catalyst layer due to permeation through the mem-
brane. During RCD-operation, the front part of the cell acts as a

dx.doi.org/10.1016/j.jpowsour.2010.06.038
http://www.sciencedirect.com/science/journal/03787753
http://www.elsevier.com/locate/jpowsour
mailto:janhendrik.ohs@de.bosch.com
dx.doi.org/10.1016/j.jpowsour.2010.06.038
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Nomenclature

a water activity
A active surface area per volume unit of catalyst layer

(m−1)
c concentration (mol m−3)
D diffusion coefficient (m2 s−1)
D̃i,k Maxwell–Stefan diffusion coefficient matrix

(m2 s−1)
E activation energy (kJ mol−1)
f volume fraction of water in membrane
F Faraday constant (C mol−1)
i current density (A m−3)
i0 exchange current density (A m−3)
k reaction constant (s−1)
ki parameter
MT Thiele-Modulus
n electrons involved in electrochemical reaction
N flux density (mol m−2 s−1)
p pressure (Pa)
pi partial pressure of component i (Pa)
rH relative humidity
Ri source term (kg m−3 s−1)
Ragg agglomerate radius (m)
R ideal gas constant (J mol−1 K−1)
T temperature (K)
ū velocity vector (m s−1)
Ucell cell voltage (V)
V̄H2O specific volume of water (m3 mol−1)
V̄M specific volume of dry membrane (m3 mol−1)
w mass fraction
x mole fraction

Greeks
˛ symmetry factor
� transport parameter (mol2 m−1 s−1 J−1)
� effectiveness factor
� dynamic gas viscosity (Pa s)
� overvoltage (V)
� permeability (m2)
� water content
� chemical potential (J mol−1)
	 electroosmotic drag coefficient

 density (kg m−3)
� electric conductivity (S m−1)
 permeation coefficient (mol s−1 m−1 Pa)
� electric potential (V)

Superscripts and subscripts
00 equilibrium potential at standard conditions
A anode
ag agglomerate
C cathode
C carbon
drag water transport due to electroosmotic drag
eq equilibrium
H+ protons
Kn Knudsen
M membrane
P protons
Pt platinum
ref reference state
s solid phase
urces 196 (2011) 255–263

normal fuel cell. Because of the fast reaction kinetics, the anode
potential is approximately �A ≈ 0 V while the cathode potential is
�C ≈ 1 V, each with respect to the membrane. Due to the high in-
plane conductivity of the gas diffusion layers and bipolar plates,
the electrodes can be regarded as an equipotential surface along
the whole cell. The high electrode conductivity in combination with
the low membrane conductivity causes a membrane potential drop
in the hydrogen starved region, resulting in high cathode potential
�C > 1 V. Thus, in the rear part of the cell, anodic reactions are tak-
ing place at the cathode catalyst layer and vice versa resulting in a
reverse current. Carbon corrosion, water electrolysis and platinum
dissolution occur at the cathode side leading to irreversible cell
degradation. Note that there is no external driving force necessary
for this mechanism and it is not detectable by measuring the cell
voltage.

Meyers and Darling [2] presented a 1D-PEMFC model for
the simulation of hydrogen starvation conditions. The numer-
ical results support the theory of a membrane potential drop
in the hydrogen starved region. Reiser et al. [3] analysed the
RCD-mechanism by an experimental setup of two electronically
connected fuel cells, where the anode of the first cell is fed with
hydrogen and the latter fed with oxygen. Tang et al. [6] conducted
experiments where the anode gas is switched between fuel and air
repeatedly. Both authors report severe degradation of the cathode
catalyst layer resulting in a significant reduction of its thickness.
Liu et al. [8] analysed the current density distribution under local
hydrogen starvation. They discovered that while the current den-
sity in the starved region drops to zero, the cell performance of the
non-starved part is not influenced.

In the present work, we build up a steady state 2D-PEMFC
model for the simulation of degradation mechanisms when the
fuel gas is diluted by nitrogen. We account for carbon corro-
sion and water electrolysis as undesired side reactions. Platinum
dissolution will be considered in a further publication. The two-
dimensional approach allows to analyse the interaction of different
cell properties (local water content, gas concentration, membrane
permeability, gas humidity) on the cell degradation. The final target
is to consider all possible starvation conditions in order to evaluate
cell degradation under various operation conditions.

2. Mathematical model

In this section, our stationary and isothermal 2D-model of a
single PEM fuel cell is presented. The cell is modelled along the
channel and in through-plane direction. Fig. 2 shows the model
geometry. The picture illustrates a cross-section through the lay-
ers of a PEMFC. Anode and cathode consist of a gas channel, a gas
diffusion layer and a catalyst layer, respectively, separated by a
membrane in between. In the following, each layer of the geom-
etry is called a domain. Gases are flowing from left to right, while
the anode is fed with hydrogen and the cathode with air (21% oxy-
gen and 79% nitrogen). The following basic model assumptions are
made:

• All gases obey the ideal gas law.
• Gas flow is laminar due to small Reynolds numbers (Re < 500).
• Water is always in a gaseous state (i.e., there is no liquid phase).
• The gas mixture consists of five species, namely H2, O2, H2O, CO2

and N2.
• The relative humidity of the anode and cathode inlet gas is 95%
and 50%, respectively.

The following subsections describe the governing equations.
Values for constants and parameters are given in Table 2.
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Fig. 1. Reverse current decay mechanism at loc

.1. Mass transport and balancing

The gas flow inside the porous media is described by Darcy’s
aw [9] and the gas transport within the channels is assumed to be
viscous plug-flow. Thus, the mean gas velocity is proportional to

he pressure drop:

¯ = −�
�

· ∇p (5)

here ū = (u, v)T is the average gas velocity, � the permeability
f the porous media, � the dynamic gas viscosity and p the total
ressure. Eq. (5) is solved on all domains besides the membrane
hile the pressure drop is fixed at the inlet and outlet as boundary

ondition.
The mass transport occurs due to diffusion and convection. As
he partial pressure of all gas species (except CO2) are in the same
rder of magnitude, interactions of all components are expected
o be relevant. The diffusive transport is therefore modelled by

Maxwell–Stefan approach resulting in the following transport

Fig. 2. Geometry of the 2D-PEMFC model.
rogen starvation in the rear part of a PEM cell.

equation solved for each species [10]:

∇ ·

⎛
⎜⎜⎜⎜⎜⎜⎜⎜⎜⎝

−
wi
N∑

k = 1
k /= i

D̃i,k

(
∇xk + (xk −wk)

∇p
p

)

︸ ︷︷ ︸
diffusion

+ 
wi ū︸ ︷︷ ︸
convection

⎞
⎟⎟⎟⎟⎟⎟⎟⎟⎟⎠

= Ri (6)

where 
 is the density of the gas mixture, wk and xk are mass and
mole fraction of species k, D̃i,j is the inverted Maxwell–Stefan dif-
fusion coefficient matrix and Ri is a source term. The first term on
the left hand side represents the diffusive transport (its derivation
is given in Ref. [18]) while the latter term describes the convective
transport. Eq. (6) is solved on all anode and cathode domains.

2.2. Electric conductivity

The electric conductivity of the electrodes (solid phase) is mod-
elled by Ohm’s law [11]:

i = �s ∇ϕs (7)

where i is the current density,�s the electric conductivity and �s the
electric potential of the solid phase. The cell is operated potentio-
statically by fixing the electrode potential at the upper and lower
edge of the model geometry (see Fig. 2). Eq. (7) is solved on all
domains except for the membrane.

2.3. Membrane

The membrane is modelled according to an approach of Weber
and Newman [13]. They derived two model equations for the trans-
port of protons and water molecules in the membrane phase,
respectively:

iP = −�M ∇ϕM − �M 	

F
∇�H2O (8)( )
NH2O = �M 	

F
∇ϕM − � + �M 	2

F
∇�H2O (9)

where iP is the current density of protons and NH2O the flux den-
sity of water molecules within the membrane. �M is the membrane
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Table 1
Coefficients ki for the empiric correlation between activity and water content in the
membrane [22].
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Table 2
Constants and parameters.

Name Symbol Value Unit Reference

Viscosity
Anode gas �A 8.81 �Pa s [24]
Cathode gas �C 19.5 �Pa s [24]

Electric conductivity
Channel �ch 5988 S m−1 [23]
GDL/catalyst �(GDL,cat) 71,430 S m−1 [23]

Electroosmotic coefficient 	 1 – [19]
Molar volume of dry membrane V̄M 5 × 10−4 m3 mol−1 [13]
Specific volume of water V̄H2O 1.8 × 10−5 m3 mol−1

Electrons involved in reaction nH2 2 –
nO2 4 –
nC 2 –

Exchange current density iH2 · APt 2.8 × 108 A m−3 Fitted
iO2 · APt 2.8 × 104 A m−3 Fitted
iC · AC 7.2 × 10−11 A m−3 [3]

Agglomerate radius Ragg 1 × 10−7 m
Diffusion coefficient DH ,Kn 1.3 × 10−5 m2 s−1 [21]
Activity, aH2O Temperature (◦C) k0 k1 k2 k3

aH2O ≤ 1 80 0.30 10.80 −16.00 14.10
1< aH2O ≤ 2.5 80 −30.41 61.98 −25.96 3.70

otential,�H2O the chemical potential of water in membrane phase,
M the ionic conductivity of the membrane, 	 the electroosmotic
rag coefficient, � a transport coefficient and F the Faraday con-
tant.

According to Eqs. (8) and (9), the flux of protons and water
olecules is coupled, since both are dependent on the gradient

f the electric and the chemical potential. In other words, the
pproach allows for water transport due to the electroosmotic drag
from the anode to the cathode side) [20] and due to a concentra-
ion gradient (back diffusion from the cathode to the anode side
ecause of a high concentration of water in the cathode catalyst

ayer). Protons are transported due to the electric field as well, but
lso (coupled to the water flux) due to a gradient in the chemical
otential.

The electroosmotic drag coefficient 	 is defined as the number of
ransported water molecules per proton, when there is no gradient
n the water concentration present:

=
Ndrag

H2O

NH+
(10)

ccording to an experimental study of Zawodzinski et al. [19], the
lectroosmotic drag coefficient has the value 	 = 1 if the membrane
s in equilibrium with water vapor.

Based on the chemical potential�H2O, it is possible to determine
he local water content �, which is defined as the number of water

olecules per sulfonic acid groups in the Nafion matrix [14]:

= number of H2O − molecules
number of SO−

3 − groups
(11)

annenberg et al. [22] propose an empiric correlation between the
ctivity aH2O and the water content �:

H2O −�ref
H2O = RT ln aH2O (12)

= k0 + k1 aH2O + k2 a
2
H2O + k3 a

3
H2O (13)

is the ideal gas constant and T is the cell temperature. The refer-
nce potential �ref

H2O is set to zero and the coefficients ki are given
n Table 1. Based on the water content �, the volume fraction f of

ater within the membrane can be calculated [13]:

= � V̄H2O

V̄M + � V̄H2O
(14)

here V̄H2O and V̄M are the partial molar volume of water and the
ry membrane, respectively. The ionic conductivity of the mem-
rane is dependent on its water content [13]:

M = 200 · (f − 0.06)1.5 (15)

ith respect to the correlation given by Weber and Newman, the
refactor in Eq. (15) has been increased in order to fit the numerical
esults to experimental data.

The transport parameter � from Eq. (9) relates the diffusive
ater flux to the gradient in the chemical potential [21]:
= cH2O DH2O

RT (1 − xH2O)
(16)

is the ideal gas constant and T is the cell temperature. The local
iffusion coefficient DH2O, the concentration cH2O and the mole
2

DO2,Kn 3.2 × 10−7 m2 s−1 [21]
Faraday constant F 96,485 C mol−1

Ideal gas constant R 8.314 J (mol K)−1

fraction xH2O of water within the membrane can be calculated by
[13]:

DH2O = 1.8 × 10−5 · f (17)

cH2O = �

V̄H2O �+, V̄M
(18)

xH2O = �

�+ 1
(19)

The membrane transport Eqs. (8) and (9) are solved for both catalyst
layers and the membrane domain. The catalyst layer is therefore
assumed to be a homogeneous mixture of solid phase (electrodes),
membrane phase (Nafion) and gas phase.

2.4. Gas permeation

Even though one function of the membrane in the fuel cell is to
separate the anode and cathode gas domains, it is not completely
gas-tight. A small amount of hydrogen, oxygen and nitrogen is per-
meating through the membrane to the opposite catalyst layer. If the
anode is locally starved of hydrogen, oxygen permeation leads to
the RCD-mechanism (see Fig. 1 in Section 1). The permeation flux
NP
i

of species i is described by

NP
i =  i∇pi (20)

where pi is the partial pressure of species i. The permeation coef-
ficient  i can be interpreted as the product of Henry’s coefficient
and Fick’s diffusion coefficient. The permeability of the membrane
is dependent on its water content. Assuming equilibrium between
membrane and the saturated gas phase, Ahluwalia and Wang [15]
propose the following expressions for the permeation coefficients:

 H2 = (0.29 + 2.2 f ) × 10−11 exp

[
EH2

R

(
1
Tref

− 1
T

)]
(21)

 O2 = (0.11 + 1.9 f ) × 10−11 exp

[
EO2

R

(
1
Tref

− 1
T

)]
(22)
 N2 = (0.0295 + 1.21 f − 1.93 f 2) × 10−11 exp

[
EN2

R

(
1
Tref

− 1
T

)]
(23)
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here EH2 = 21 kJ mol−1, EO2 = 22 kJ mol−1, EN2 = 24 kJ mol−1 and
ref = 303 K. T is the cell temperature, R is the ideal gas constant and f
s the volume fraction of water within the membrane (see Eq. (14)).
he transport of water through the membrane is already considered
n Eq. (9) and the permeation of carbon dioxide is negligible due to
ts very low concentrations. Eq. (20) is solved on both catalyst layers
nd the membrane domain.

.5. Electrochemical reactions

The electrochemical reactions of hydrogen (Eq. (1)) and oxygen
Eq. (2)) are modeled by Butler–Volmer equations:

H2 = APt i
0
H2
xH2

[
exp

(
˛H2 nH2 F

R T
�H2

)
− exp

(
− (1 − ˛H2 )nH2 F

R T
�H2

)]
(24)

O2 = APt i
0
O2
xO2

[
exp

(
˛O2 nO2 F

R T
�O2

)
− exp

(
− (1 − ˛O2 )nO2 F

R T
�O2

)]
(25)

hile the carbon corrosion reaction (Eq. (3)) is modelled by a sim-
lified Butler–Volmer approach proposed by Reiser et al. [3]:

C = AC i
0
C · exp

(
˛C nC F

R T
�C

)
(26)

0
i

is the exchange current density, ni is the number of electrons
nvolved in the electrode reaction and ˛i is the symmetry factor
f the corresponding reaction. T is the cell temperature, F is the
araday constant and R is the ideal gas constant. APt and AC are the
urface area of platinum and carbon per volume unit of catalyst
ayer, respectively.

The overpotential �i is defined as the difference between the
lectrode potential �S, the membrane potential �M and the equi-
ibrium potential ϕeq

i
of the relevant reaction:

i = ϕS − ϕM − ϕeq
i

(27)

t can been seen from Eq. (26) that only the anodic part of the car-
on corrosion reaction is considered. This is reasonable since the
eaction product CO2 leaves the cell with the gas flow. Thus, the
ack reaction can be neglected. Furthermore, it should be noted
hat water electrolysis is the back reaction of the oxygen reduc-
ion (see Eq. (2)). If the potential difference between electrode and

embrane is >1.23 V the overpotential �O2 becomes positive and
he first exponential term of Eq. (25) dominates the reaction rate.
q. (25) therefore describes both oxygen reduction and water elec-
rolysis depending on its sign. All electrochemical reactions are
mplemented in both catalyst layers. Thus, it is also accounted for
he conversion of permeated oxygen and hydrogen.

As an advancement to the standard Butler–Volmer expres-
ions, the electrochemical reactions of hydrogen and oxygen are
lso described by the agglomerate model proposed by Jaouen et

l. [16]. In this approach it is assumed that the catalyst layer is
omposed of spherical agglomerates consisting of single carbon
articles (see Fig. 3). The electrochemical reaction of hydrogen and
xygen occurs within the agglomerates at the active platinum sur-
ace area. Both the composite of agglomerates and the agglomerate

Fig. 3. Structure of catalyst layer containing carbon agglomerates.
Fig. 4. The effectiveness factor � as function of the Thiele-Modulus MT.

itself are porous, containing main pores in between and side pores
within the agglomerates. The reactant gases have to diffuse into the
catalyst layer through the main pores and subsequently into the
agglomerates through the side pores in order to react at the cata-
lyst surface area. The diffusion into the agglomerates represents an
additional transport resistance. According to Jaouen et al. [16], the
average reaction rate within an agglomerate can be calculated from
the gas concentration in the main pores under consideration of the
effectiveness factor �. It states the reduction of the mean reaction
rate due to the diffusion resistance within the agglomerate.

iag
i

= ii · � = ii · 3
1 −MT · cothMT

MT2
(28)

ii is the current density according to the standard Butler–Volmer
expression (Eq. (24) or (25)) and iag

i
is the average current density

within the agglomerates. The expression for the effectiveness factor
� is derived in Appendix A. It contains the so-called Thiele-Modulus
MT [17]:

MT = Ragg

√
ki
Di,Kn

(29)

where ki =
APt i0i
cref
i
ni F

·
{∣∣∣ exp

(
ni ˛i F

R T
�i

)
− exp

(
ni (1 − ˛i) F

R T
�i

)∣∣∣} (30)

Ragg is the agglomerate radius, ki is the reaction constant, Di,Kn is
the Knudsen diffusion coefficient and cref

i
is a reference concentra-

tion of species i. The other parameters match the Butler–Volmer
approach. Fig. 4 shows the effectiveness factor � as a function of
the Thiele-Modulus MT. For MT < 0.4 we optain �≈ 1 representing
negligible diffusion resistance and therefore conformance with the
standard Butler–Volmer expression. This can be reasoned with a
small agglomerate radius Ragg, a small reaction constant ki or a large
diffusion coefficient Di,Kn. For MT > 4 the value of � decreases expo-
nentially. This can be explained with a large agglomerate radius
Ragg, a large reaction constant ki or a small diffusion coefficient
Di,Kn.

By comparison of the numerical results using the Butler–Volmer
and the agglomerate approach it should be analysed if the use of
the more complex agglomerate model is necessary for a given real
fuel cell.

2.6. Software
The mathematical model is implemented using the commercial
software COMSOL Multiphysics 3.5. Eqs. (5)–(7) and (20) are imple-
mented using its chemical engineering module. Eqs. (8) and (9)
are implemented using the coefficient form of a partial differential
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representing standard conditions (xin
H2,A = 0.85) is slightly increas-

ing because of a decreasing reaction rate and therefore smaller
overpotential � (see Eq. (27)) in the rear part of the cell due to
reduced reactant gas concentrations. For xin

N2,A ≤ 32%, the shape of
ig. 5. Experimental and numerical polarisation curves. The curve for the agglomer-
te model using standard parameters is identical with the Butler–Volmer approach.

quation (PDE) and the Butler–Volmer Eqs. (24)–(26) are imple-
ented as subdomain expressions. The software is suitable for

ystems containing several physical phenomena that are strongly
oupled. The numerical solution of the PDE system is based on the
nite element method (FEM).

. Results and discussion

.1. Standard conditions

The model behaviour under standard conditions (p = 2.5 bar,
= 348 K, relative humidity rHanode/cathode = 95 / 50%, anode fed with
ydrogen and cathode with air) is analysed by the simulation of
olarisation curves. The numerical results for the Butler–Volmer
nd the agglomerate model (see Section 2.5) compared with experi-
ental data of a commercial fuel cell stack is presented in Fig. 5. The

utler–Volmer approach fits the experimental data quite well. The
odel slightly overestimates the activation losses (i < 0.3 A cm−2)

nd slightly underestimates the Ohmic resistance (i > 0.3 A cm−2)
f the real cell.

Applying the agglomerate model using standard parameters, the
umerical polarisation curve is identical with the Butler–Volmer
odel. Thus, mass transport resistance within the agglomerates is

ot a limiting factor with respect to the cell performance (i.e., the
ffectiveness factor is �≈ 1). In order to analyse the effect of strong
iffusion resistance within the agglomerates, further simulations
ith a reduced diffusion coefficient Di,Kn and therefore increased

hiele-Modulus MT (see Eq. (29) and Fig. 4) are conducted. Fig. 5
hows the polarisation curve of the agglomerate model applying
diffusion coefficient reduced by the factor 10−5. It can be seen

hat the shape is identical for small current densities (i < 0.2 A cm−2)
hile there are significant additional Ohmic losses for high current
ensities. These additional Ohmic losses are due to the limited gas
ransport inside the agglomerates.

Since the more complex agglomerate model yields no better
esults, we use the Butler–Volmer approach in order to analyse
ydrogen starvation conditions due to its simplicity.

.2. Hydrogen starvation

Stationary hydrogen starvation conditions are analysed by the
onsideration of two different cases (see Fig. 6). In case (a), the total
node pressure drop is kept constant while hydrogen is partially

eplaced by nitrogen. The anode stoichiometry therefore decreases
ith increasing nitrogen mole fraction. In case (b), the anode sto-

chiometry is kept constant at �= 1.6 while the fuel gas is diluted
y nitrogen. The more nitrogen is added, the higher is the pressure
rop and the total anode gas flow rate.
Fig. 6. Hydrogen starvation scenarios: case (a) constant pressure drop and case (b)
constant stoichiometry.

Considering a real fuel cell system containing an anode gas recy-
cle loop, these two alternatives represent limiting cases. In general,
the H2-consumption (proportional to the cell current) is refilled by
fresh hydrogen from the gas tank. While the anode gas is looped,
nitrogen enriches due to permeation through the membrane from
the cathode side. Until the anode gas is purged, the total flow rate
and the pressure drop increase while the stoichiometry is kept
constant matching case (b) in Fig. 6.

Since the anode pressure drop is limited by the capacity of the
recycle pump, there is a maximum anode gas flow rate. If it is
reached, it is no longer possible to refill the entire H2-consumption
by fresh hydrogen due to the steady permeation flux of nitro-
gen from cathode to anode. This matches case (a) in Fig. 6 as the
remaining hydrogen is consumed and the stoichiometry decreases.
In order to analyse which case is more critical with respect to the
cell degradation, both scenarios are examined.

3.2.1. Case (a) constant pressure drop
Starting with hydrogen at 95% relative humidity, the anode

inlet mole fraction xin
H2,A is gradually decreased while hydrogen

is replaced by nitrogen. Fig. 7 shows the shape of the local mem-
brane potential �M along the cell length depending on the nitrogen
inlet concentration at a cell voltage of Ucell = 0.7 V. The upper curve
Fig. 7. Plot of the membrane potential �M along the cell at Ucell = 0.7 V for different
nitrogen anode inlet mole fractions.
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independent from the cell voltage. The RCD-mechanism leads to
a complete reduction of the available oxygen resulting in simi-
lar cell degradation at the cathode side regardless of the cathode
potential.
ig. 8. Local distribution of the hydrogen mole fraction xH2 on the anode, the mem
athode for xin

N2,A = 0.46.

he membrane potential shows minor deviations from the standard
onditions. If the hydrogen inlet concentration is reduced further,
here is a significant membrane potential drop close to the cell
utlet.

For xin
N2,A ≥ 40%, the membrane potential drops to a minimum

alue ofϕmin
M = −0.54 V and for xin

N2,A ≥ 84% it is constant at its min-
mum almost along the whole cell. The membrane potential drop
an be explained by the RCD-mechanism in the hydrogen starved
egion of the cell (see Section 1). The more hydrogen is replaced by
itrogen, the closer the position of xH2 = 0 is moving towards the
ell inlet.

Fig. 8 shows the local distribution of the hydrogen mole frac-
ion on the anode, the membrane potential on the membrane and
he carbon dioxide mole fraction on the cathode at a nitrogen inlet

ole fraction of xin
N2,A = 46%. In Fig. 8, red colour represents high

alues and blue colour low values of mole fraction and potential,
espectively. The hydrogen mole fraction decreases and reaches
H2 = 0 at about half of the cell length. At this point, the membrane
otential drops down to its minimum value and a significant pro-
uction of carbon dioxide at the cathode can be observed. As the
athode potential is fixed to �C = 0.7 V, the cathodic potential dif-
erence between electrode and membrane reaches �� = 1.24 V in
he hydrogen starved region. The high cathode potential relative to
he membrane leads to a significant carbon corrosion reaction rate
nd also water electrolysis. The current flow direction has changed
n the rear part of the cell as there are anodic reactions at the cath-
de (corrosion and electrolysis) and cathodic reactions at the anode
reduction of permeated oxygen).

Regarding Fig. 7, it is noticeable that the membrane potential
rops to a constant minimum under hydrogen starvation. This can
e explained by the coupling of carbon corrosion/water electrol-
sis at the cathode and oxygen reduction at the anode due to the
roton transport through the membrane (see Fig. 1). The available
mount of oxygen in the anode catalyst layer is the limiting fac-
or for the RCD-mechanism because oxygen is transported to the
node only by permeation through the membrane from the cathode
ide. In order to support that assumption, further simulations are
onducted varying the O2 permeation coefficient and thereby the
mount of permeated oxygen. In Fig. 9, the shape of the membrane

otential in the hydrogen starved region is plotted depending on
he oxygen permeation coefficient. At standard conditions it has a
alue of  O2 ≈ 2 × 10−14 mol (s m Pa)−1.

The diagram shows that the minimum membrane potential
rops on a lower level if the permeation coefficient is increased
potential �M on the membrane and the carbon dioxide mole fraction xCO2 on the

and vice versa. The RCD-mechanism at local starvation is therefore
influenced by the amount of oxygen available in the anode catalyst
layer. Considering the present example, a difference in the mini-
mum membrane potential of �ϕmin

M = 16 mV leads to a change of
the carbon corrosion reaction rate by a factor of 1.6.

On the left hand side in Fig. 10, the shape of the membrane
potential under local hydrogen starvation next to the cell outlet
is presented for different cell voltages Ucell = 0.55 V, . . ., 1 V. It can
be seen that lower cell voltages lead to lower membrane potential
drops. The right diagram in Fig. 10 shows that there is an almost
linear correlation between the cell voltage and the correspond-
ing minimum membrane potential, for example for Ucell = 0.9 V
it is ϕmin

M = −320 mV while for Ucell = 0.6 V it is ϕmin
M = −610 mV.

The right diagram also shows that the total potential difference
between cathode and membrane is almost constant and indepen-
dent from the cell voltage. Carbon corrosion and water electrolysis
reaction rates are therefore the same throughout the operating con-
ditions Ucell = 0.55 V, . . ., 1 V. This is reasonable since the oxygen
permeation flux through the membrane and therefore its avail-
able amount in the H2-starved part of the cell is constant and
Fig. 9. Shape of the membrane potential �M under hydrogen starvation at varying
oxygen permeation coefficients.
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3.2.3. Comparison: case (a) vs. case (b)

F
s

ig. 10. Left: shape of the membrane potential for varying cell voltage; right: linear c
otential difference between cathode and membrane.

.2.2. Case (b) constant anode stoichiometry
Considering case (b) from Fig. 6, the anode gas is diluted by nitro-

en while the stoichiometric factor is kept constant at �= 1.6. The
node pressure drop is increased in 100 mbar steps up to a maxi-
um of �p = 1 bar. As the cell is run potentiostatically, the global

ell current decreases with increasing nitrogen dilution. The hydro-
en gas flow rate is therefore lowered while the total anode gas
ow is increased in order to keep the stoichiometric factor con-
tant. In Fig. 11, the membrane potential �M is plotted for different
ressure drops at Ucell = 0.75 V. It can be seen that �M decreases
long the whole cell with increasing nitrogen dilution. This is in
ontrast to case (a), where deviation in the membrane potential is
nly observed in the hydrogen starved rear part of the cell (compare
o Fig. 7). The behaviour under case (b) can be reasoned with low
ydrogen concentration and therefore large overpotential when
he anode gas is strongly diluted by nitrogen.

Furthermore, the membrane potential is decreasing along the
ell length but it does not reach a minimum. Comparing stan-
ard conditions and the maximum nitrogen dilution at �p = 1 bar
upper and lower curve in Fig. 11), the total membrane potential
ifference is about 60 mV. Since the cathode potential is fixed to

C = 0.75 V, the total difference between the membrane and the
athode reaches��C ≈ 0.81 V. At these conditions, there is no water
lectrolysis and carbon corrosion reaction rates are still negligible.
his is underlined in the following section.

ig. 12. Left: shape of the local membrane potential comparing case (a) and case (b); righ
toichiometry.
Fig. 11. Local membrane potential for varying pressure drop at constant stoichiom-
etry �= 1.6.
In this section, the effect of nitrogen dilution at constant pres-
sure drop and at constant stoichiometry is compared. Therefore,
the numerical results for a pressure drop of �p = 300 mbar (i.e.
�= 1.6 at Ucell = 0.75 V, third curve from the top in Fig. 11) are

t: comparison of corrosion reaction rates at constant pressure drop and at constant
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et as initial conditions. Subsequently, the initial hydrogen anode
nlet mole fraction xin

H2
= 1.6% is lowered while the pressure is

ept constant. The left diagram in Fig. 12 shows all curves from
ig. 11 (representing case (b)) and the shape of the membrane
otential for different values of xin

H2
at �p = 300 mbar (dashed

ines representing case (a)). It can be seen that the membrane
otential drops significantly and reaches a constant minimum of
min
M = −0.48 V when the total hydrogen gas flow fed to the anode

s lowered. As soon as the local hydrogen concentration drops
o zero, the RCD-mechanism is established. Note that all dashed
ines in Fig. 12 are at �= 1 since the total cell current decreases

ith decreasing hydrogen inlet mole fraction and all H2 is con-
umed. The right diagram in Fig. 12 gives the total current density
ue to carbon corrosion in the cathode catalyst layer for case (a)
nd (b) at an anode pressure drop of 300 and 1000 mbar, respec-
ively. Considering constant stoichiometry (�= 1.6, case (b)), the
arbon corrosion reaction rate increases with increasing pres-
ure drop. However, its value is negligible compared to carbon
orrosion at constant pressure drop (case (a)) and decreasing
toichiometry down to �= 1 (note the logarithmic scale at the y-
xis).

. Conclusion

In this study we have built up a 2D-PEMFC model that
ncludes carbon corrosion and water electrolysis reactions. Regard-
ng standard conditions, the numerical polarisation curve applying
tandard Butler–Volmer expressions for the electrochemical reac-
ions fits the experimental data quite well. The implementation
f the more complex agglomerate model yields no better results.
ydrogen starvation conditions are therefore only simulated using

he Butler–Volmer model.
Regarding hydrogen starvation condition, the model supports

he theory of a reverse current decay mechanism [3]. If the local
ydrogen concentration drops down to cH2 = 0, the model pre-
icts a membrane potential drop leading to high cathode potentials
C > 1 V with respect to the membrane. Local carbon corrosion and
ater electrolysis are observed at the cathode side. The cell degra-
ation is independent of the cell voltage. The limiting factor is the
ermeation flux of oxygen through the membrane since the unde-
ired side reactions at the cathode side are coupled to the oxygen
eduction at the anode side.

In a continuative study, we will build up a transient model in
rder to analyse start-up and shut-down procedures. Furthermore,
latinum dissolution will be included as an additional undesired
ide reaction and the cell will be operated both potentiostatically
nd galvanostatically. The final aim is to investigate all possible
tarvation conditions in order to evaluate cell degradation under
arious operating conditions.

ppendix A. Agglomerate model

Considering a spherical shell of thickness�r within an agglom-
rate, the mass balance for species A yields the following diffential
quation [21]:

A
1
r2

d
d r

(
r2

d cA
d r

)
= k cA (A.1)
is the agglomerate radius, k is the reaction constant, DA is the Fick’s
iffusion coefficient and cA is the concentration of species A within
he agglomerate.

The following boundary conditions are applied:

[

[
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(i) cA = c0
A for r = R

(ii) d cA
d r = 0 for r = 0

c0
A is the concentration at the agglomerate surface area (within

the main pores). Integration over the agglomerate radius leads to
the following expression for the concentration of species A within
the agglomerate:

cA = c0
A
R

r

sinh(
√

(k/D) r)

sinh(
√

(k/D)R)
(A.2)

The reactant gas consumption rate is determined by:

Nreac
A = −DA · d cA

d r

∣∣∣
r=R

· 4R2 (A.3)

= 4R c0
A DA

(
1 −
√

k

DA
R · coth

√
k

DA
R

)
(A.4)

If the diffusion resistance is neglected, the reactant gas consump-
tion is

Nreac,0
A = 4

3
R3 · k c0

A (A.5)

The effectiveness factor � is the relationship of the reaction rate
with and without diffusion resistance where 0 <�< 1:

� = Nreac,
A

Nreac,0
A

= − 3

M2
T

· (1 −MT cothMT) (A.6)

MT is the Thiele-Modulus

MT =
√

k

DA
R (A.7)
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